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Disclaimer:

This report was prepared as an account o f w ork sponsored by an agency o f the United States 

Governm ent. N e ither the United States G overnm ent nor any agency the reo f, nor any o f th e ir 

em ployees, makes any warranty, expressor im p lied , orassumes any legal lia b ility  or 

responsib ility  fo r  the accuracy, com pleteness, o r usefu lnessof any in form ation , apparatus, 

product, o r process disclosed, o r re presents tha t its use w ould not in fringe priva te ly  owned 

rights. Reference h e re in to a n y  specificcom m ercia l product, process, o r service by trade name, 

tradem ark, m anufacturer, or o therw ise  does not necessarily constitu te  o r im p ly  its 

endorsem ent, recom m endation, o r favoring by the United States G overnm ent o r any agency 

the reo f.T he  v iew sand o p in io n so f authors expressed herein do not necessarilystate o r re flect 

those o f the United States G overnm ent or any agency thereo f.



Abstract:

This report presents system and economic analysis fo r a carbon-capture u n itw h ich  usesan 

am inosilicone-based s o lv e n tfo rC 0 2 capture in a pulverized coal (PC) boiler. The am inosilicone 

so lvent is a 60/40 w t/w t m ixture o f 3-am inopropyl end-capped polydim ethylsiloxane (GAP-lm) 

w ith  tri-e th y le ne  glycol (TEG) as a co-solvent. Forcomparison purposes, the report also shows 

results fo r a carbon-capture un it based on a conventional approach using m ono-ethanol amine 

(MEA).

The firs t year removal cost o f C 02 fo r th e  am inosilicone-based carbon-capture process is 

$46.04/ton o f C 02 as compared to  $60.25/ton o f C 02 when MEA is used. The am inosilicone- 

based process has <77% o f the CAP EX o f a system using MEA so lvent. The low er CAPEX is due to  

several factors, including the h igher working  capacity o f the am inosilicone solvent compared 

the MEA, which reduces the so lvent f lo w  rate required, reducing equ ipm ent sizes. If it is 

de te rm ined  tha t carbon steel can be used in the rich-lean heatexchanger in the  carbon capture 

unit, the f irs t year removal cost o f C 02 decreasesto $44.12/ton. The am inosilicone-based 

so lvent has a h ighertherm al s tab ility  than MEA, a llo w in g d e so rp tio n to  be conducted a t h igher 

tem pera tures and pressures, decreasing the numbe r o f compressor stages needed. The 

am inosilicone-based so lvent also has a low er vapor pressure, a llow ing  the desorption to  be 

conducted in a continuous-stirred tank reactor versus a more expensive packed column. The 

am inosilicone-based so lvent hasa low e rh ea t capacity, which decreasesthe heat load on the 

desorber. In summary, the am ino-silicone solvent hassignificantadvantages overconventional 

systems using MEA.
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Executive Summary:

This report presents system and economic analysis fo r a carbon-capture u n itw h ich  usesan 

am inosilicone-based s o lv e n tfo rC 0 2 capture and sequestration (CCS) fo r a pulverized coal (PC) 

pow er plant.The am inosilicone-based so lvent isa 60/40 w t /w t  m ixture o f 3-am inopropyl end- 

capped polydim ethylsiloxane (G AP-lm ) w ith  tri-e thy lene  glycol (TEG) as a co-solvent. For 

comparison purposes, the report also shows results fo ra  CCS un it based on a conventional 

approach using m ono-ethanol amine (MEA).

Aspen Plus models were developed fo r  both the MEA and am inosilicone-based C02 separation 

units to  calculate the mass and energy balances and system perform ance. The models account 

fo rs tea m  load fo r th e  C 02separation unitsand parasitic lo a ds fo rso lven tpum ps , C 02 
compressors, and cooling w a te r pumps. The pow er p lant was m odeled using Therm oflow .

The firs t year removal cost o f C 02 fo r th e  am inosilicone-based carbon-capture process is 

$46.04/ton o f C 02 as compared to  $60.25/ton o f C 02 when MEA is used. The am inosilicone- 

based process has <77% o f the CAP EX o f a system using MEA so lvent. The low er CAPEX is due to  

several factors, inc lud ing the  h igher working  capacity o f the am inosilicone-based solvent 

compared to  MEA, which reduces the so lve n tflo w  rate required, reducingequ ipm ents izes. If it 

is de term ined tha t carbon steel can be used in the rich-lean heat exchangerin the carbon 

capture unit, the firs ty e a r removal cost o f C 02 decreasesto $44.12/ton. The am inosilicone- 

based so lvent has a h ighe rtherm a l s tab ility  than MEA, a llo w in g d e so rp tio n to  be conducted at 

h ighertem pera tu resand pressures, decreasingthe num be ro f compressor stages needed.The 

am inosilicone-based so lventa lso  hasa low ervapo r pressure, a llo w in g th e  deso rp tio n to  be 

conducted in a continuous-stirred tank reactor versus a more expensive packed column. The 

am inosilicone-based so lvent hasa low e rh ea t capacity, which decreasesthe heat load on the 

desorber. In summary, the am ino-silicone solvent hassignificantadvantages overconventional 

systems using MEA.
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Completion of Task 2.2: Preliminary Techno-Economic Analysis

The prim ary objective o f th is  cooperative agreem ent is to  design, construct, and operate a 

p ilot-scale process usinga novel am inosilicone-based C 02-capture so lvent.The pro ject w ill 

design and build a pilot-scale C 02-capture process tha t u tilizesan ami nosilicone-based solvent 

system, composed o f 60/40 w t /w t  3-am inopropyl end-capped polydim ethylsiloxane (GAP- 

lm )/tr ie th y le n e  glycol (TEG) developed in a previous DOE award (DE-NT0005310). The design o f 

the pilot-scale system w ill be based on data obta ined in another DOE award (DE-FE0007502).

The pilot-scale system w ill be installed a tth e  National Carbon Capture Center(NCCC) and the 

am inosilicone-based so lvent system w ill be tested in th is  system. This cooperative agreem ent 

w ill dem onstrate an aminosilicone-based C 02-capture so lvent fo r post-com bustion capture o f 

C02 from  coal-fired pow er plants at less than $40/tonne ($36/ton) o fC 0 2 captured w ith  90%

C02 capture and 95% C 02 purity.

Process Description

A supercritical pulverized coal (PC) p lantand C 02-separation un it based on m ono-ethanol 

am ine (MEA) isdescribed in Case 12 o f the DOE B itum inous Baseline Study.1

A s im p lified  b lockd iag ram of the p ow erp lan t and C 02-separationsystem  is shown in Figure 1. 

The pulverized coal b o ile r gene rates steam, which is sent to  the steam turb ines. The flue  gas is 

sent through a selective catalytic reduction (SCR) un it to  reduce nitrogen oxides (NO x), a bag 

house to  remove f ly  ash, and a flue  gas desulfurizer(FGD) to  rem ove su lfu r d iox ide . The flue  gas 

is then sent through the carbon d ioxide separation un it before be ingvented  to  the stack.

Fresh
Water

Steam Fly
>f  \ t Ash v

Gypsum/

Flue Gas 
to Stack

Figure 1. Coal-fired pow erp lan t blockdiagram  w ith C 0 2 removal.

1 "Cost and Performance Baseline for Fossil Energy Plants - Volume 1: Bituminous Coal and Natural Gas 
to  Electricity (Rev 2, November 2010)", DOE/2010/1397.
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The MEA and GAP-1/TEG C02 separation units u tilize  fo u r key processes, C 02 absorption, C02 

desorption, sorbent handling, and C 02 compression.

The flue  gas from  the pow er p lant is processed in a d irect contact co o le rto  reduce the 

tem pera ture  to  40 °C (104 °F) and then enters the absorber. Figure 2 show sthe process fo r th e  

am inosilicone case. The lean sorbent enters the absorber at 40 °C (104 °F) and captures most o f 

the C02 from  the flue  gas. The rich sorbent leavesthe absorber. The C 02 absorption increases 

the tem pera ture  o f the sorbent. The absorber is operated at 40-82 °C (104-180 °F) and at 

atm ospheric pressure. The rich sorbent from  the absorber is fed to  the rich-lean heat exchanger 

and heated before b e in g fe d to  the desorber(s tripper) fo r  separation o f the absorbed C 0 2. A 

11.1 °C (20 °F) approach is assumed fo r th is  rich-lean heat exchanger. This is defined as the hot 

f lu id  o u tle ttem pe ra tu re  m inusthe  cold flu id  in le ttem pe ra tu re .T he  lean so rben tfrom  the 

desorberis  passed through the o the rs ide  o f the rich-lean heat exchanger.

Cooler

Direct
Contact
Cooler

Rich-Lean
Heat

Exchanger

Lean
Solvent

Absorber

Rich
Solvent

H eater

Rich
Solvent

w a te r

Solvent
Pump

Solvent
Pump

Condensate

Cooler ^ 0 2

Separator
Compressor

CSTR
Desorber

Lean
Solvent

Figure 2. Am inosilicone-based C02 separation sub-system.

Forthe  am inosilicone so lvent baseline case (Case A, described be low ), the desorber ope rates at 

140 °C (284 °F) and 4.3 atm (63 psia). Forthe  sens itiv ity  s tud ies,the  desorbercond itions were 

varied from  130 to  140 °C (266 to  284 °F) and from  1.4 to  4.3 atm (20 to  63 psia). These results 

are presented in subsequentsections. Forthe MEA baseline case, the deso rbe rrebo ile r
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conditions are about 116 °C (241 °F) and 1.6 atm (24 psia). For both systems, steam is supplied 

to  the desorberto  provide heat, which re leasesC 02 from  the rich sorbent. Steam is supplied 

from  the m ed ium -to  low-pressure steam tu rb ine  crossover pipe o f the s team tu rb ine  in the  

pow er p lantsub-system . Steam conditions were selected based on best e ffic iency o f the pow er 

plant and the removal cost o f C 02 from  the overall system. The hot vapor from  the top  o f the 

desorber consisting p rim arily  o f C 02 is cooled in a heat exchanger u tiliz ing  water. The stream 

then flow s to  a separator where the vapor and entra ined liqu id  are separated. The C 0 2 gas is 

removed from  the separator and then de livered to  the C 02 product compressor. The liqu id  

from  the bottom  o f the separator is returned back to  the desorber. The lean sorbent from  the 

desorber is pumped through the rich-lean heat exchanger to  the absorber. The lean sorbent is 

cooled fu rth e r before being fed to  the absorber in o rder to  increase the loading o f C 0 2 in the 

absorber.

Power Plant Modeling

A model o f a supercritical PC plant was b u ilt in Therm oflow , a therm odynam ic design too l 

which includes cost estim ation  m ethods fo r conventional coal pow er plants. The Therm oflow  

model interacted w ith  the carbon-capture model by exchangingflue gas, process steam, and 

w a te r at the boundaries betw een the tw o  systems. Capital costs, operating costs, and net 

p o w e ro u tp u t were ro lled up at a p lant level.

The m odeling process began by calibrating to  Case 11 from  the B itum inous Baseline Study.1 Gas 

and steam flow s, pressures and tem peratures th roughout the p lant, along w ith  exhaust 

com position, auxilia ry loads, and net p lant ou tpu t were closely matched to  Case 11 to  create a 

ca libra tion po in t fo r th e  model in Therm oflow . By matching to  Case 11 it  was possible to 

replicate e ffic iency leve lsona ll o f the m ajor equ ipm ent in the pow erb lock, including pumps, 

fans, steam turb ine  sections, the bo iler, and environm enta l equ ipm ent. These effic iencies were 

then held fixed as the model was updated to  include CO 2-capture, thus ensuring consistency 

betw een the DOE report and the analysis w ith  carbon capture. It was also possible to  tune the 

cost model in T h e rm o flo w to  achieve a good match fo r overall capital costs w ith  Case 11 from  

the B itum inous Baseline Study. The cost breakdown in Therm oflow 's  cost estim ation  too l is not 

at the same level o f deta il as in the B itum inous Baseline Study, so when calibrating the plant 

capital costs it was necessary to  calibrate on ly on the fu ll p lant level ra therthan  on a 

com ponent level.

Figure 3 shows a s im p lified  blockdiagram  o f the pow er block, which is applicable to  both the 

model w ith  C 02 capture and w ith o u t. Detailed process f lo w  in fo rm ation  fo r each stream in 

Figure 3 is shown in Table 1 fo r th e  model w ith o u t C 02 capture. This model is in tended to  be a 

close match w ith  Case 11 from  the B itum inous Baseline Study.
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P ow erp lan t m odeling was conducted in T h e rm o flo w fo r a num ber o f cases. As described 

above, the f irs t case was s im ila rto  Case 11 in the DOE Bitum inous Baseline Study which is fo r a 

supercritical PC plant w ith o u t C 02 capture. Secondly, a Therm oflow  model was b u ilt fo r a scaled 

up system fo r 550 MW net pow er w ith  a C02-capture system added. For th is  case, the pow er 

p lant model was b u ilt in Therm oflow and  the carbon-capture island was m odeled in Aspen Plus 

and Aspen Capital Cost Estimator. The scaled-up model is Case H which w ill be discussed in the 

next sections.
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Table 1. Stream table fo r pow er plant case w ith o u t C02 capture (comparable to  Case l l ) . 1

1 2 3 4 5 6 7

V-L Mole Fraction

Ar 0.0093 0.0093 0.0093 0.0093 0.0000 0.0000 0.0088

C02 0.0003 0.0003 0.0003 0.0003 0.0000 0.0000 0.1485

h 2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000

h 2o 0.0101 0.0101 0.0101 0.0101 0.0000 0.0000 0.0893

n 2 0.7729 0.7729 0.7729 0.7729 0.0000 0.0000 0.7310

o 2 0.2074 0.2074 0.2074 0.2074 0.0000 0.0000 0.0202

S02 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0022

Total 1.0000 1.0000 1.0000 1.0000 0.0000 0.0000 1.0000

V-L Flowrate (Ibmol/hr) 106,097 106,097 32,592 32,592 - - 146,883

V-L Flowrate (lb/hr) 3,061,401 3,061,401 940,431 940,431 - - 4,371,358

Solids Flowrate (lb/hr) - - - - 410,264 8,142 32,568.79

Temperature (°F) 59 65 59 77 59 - 342

Pressure (psia) 14.7 15.1 14.7 16.2 14.7 - 14.3

Enthalpy (Btu/lbm) -4.3 -3.0 -4.3 0.1 - - 69.2

Density (lb /ft3) 0.076 0.078 0.076 0.081 - - 0.047

V-L Molecular Weight 28.85 28.85 28.85 28.85 - - 29.76
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8 9 10 11 12 13 14

V-L Mole Fraction

Ar 0.0000 0.0088 0.0088 0.0000 0.0093 0.0000 0.0000

C02 0.0000 0.1485 0.1485 0.0000 0.0003 0.0000 0.0004

h 2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
h 2o 0.0000 0.0893 0.0893 1.0000 0.0101 1.0000 0.9996

n 2 0.0000 0.7310 0.7310 0.0000 0.7729 0.0000 0.0000

o 2 0.0000 0.0202 0.0202 0.0000 0.2074 0.0000 0.0000
S02 0.0000 0.0022 0.0022 0.0000 0.0000 0.0000 0.0000

Total 0.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000

V-L Flowrate (Ibmol/hr) - 146,883 146,883 15,884 2,284 8,483 348

V-L Flowrate (lb/hr) - 4,371,358 4,371,358 286,236 65,916 152,864 6,264

Solids Flowrate (lb/hr) 32,569 - - - - 33,832 56,664

Temperature (°F) - 342 362.9 59 59 59 0

Pressure (psia) - 13.84 15.06 14.7 14.7 14.7 0.0

Enthalpy (Btu/lbm) - 69.2 74.7 27.1 -4.3 - -

Density (lb /ft3) - 0.046 0.048 62.379 0.076 - -

V-L Molecular Weight - 29.76 29.76 18.02 28.85 - 18.03
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15 16 17 18 19 20 21

V-L Mole Fraction

Ar 0.0081 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000

C02 0.1372 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
h 2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000

h 2o 0.1575 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000

n 2 0.6767 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000

o 2 0.0203 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000

S02 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000

V-L Flowrate (Ibmol/hr) 161,275 203,480 168,736 168,736 152,819 - 12,899

V-L Flowrate (lb/hr) 4,646,871 3,666,712 3,040,619 3,040,619 2,753,799 - 232,437

Solids Flowrate (lb/hr) - - - - - - -

Temperature (°F) 132 1100 664 1100 688 - 688

Pressure (psia) 14.7 3514.7 693.7 655.8 134.9 - 134.9

Enthalpy (Btu/lbm) 14.8 1495.0 1323.7 1570.5 1371.4 - 1371.4

Density (lb /ft3) 0.063 4.319 1.141 0.722 0.200 - 0.200

V-L Molecular Weight 28.81 18.02 18.02 18.02 18.02 - 18.02
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22 23 24 25

V-L Mole Fraction

Ar 0.0000 0.0000 0.0000 0.0000

C02 0.0000 0.0000 0.0000 0.0000
h 2 0.0000 0.0000 0.0000 0.0000

h 2o 1.0000 1.0000 1.0000 1.0000

n 2 0.0000 0.0000 0.0000 0.0000

o 2 0.0000 0.0000 0.0000 0.0000

S02 0.0000 0.0000 0.0000 0.0000

Total 1.0000 1.0000 1.0000 1.0000

V-L Flowrate (Ibmol/hr) 114,800 154,153 - 203,480

V-L Flowrate (lb/hr) 2,068,688 2,777,829 - 3,666,712

Solids Flowrate (lb/hr) - - - -

Temperature (°F) 101 104 - 557

Pressure (psia) 1.0 264.2 - 4185.2

Enthalpy (Btu/lbm) 1016.3 72.3 - 552.9

Density (lb /ft3) 0.003 61.999 - 47.687

V-L Molecular Weight 18.02 18.02 - 18.02
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Table 2 sum m arizesthe p ow e ro u tp u t from  the pow er plant, w ith o u t C 02 capture, along w ith  
m ateria ls consumed during normal operation. It includes a deta iled summary o f auxilia ry loads 
and how they combine w ith  the steam tu rb ine  pow er to  impact the to ta l p lant ne t-pow er 
o u tp u t and effic iency. Auxiliary loads required only m ino r tun ing  in order to  conform  to  the 
results from  DOE Case l l . 1

Table 2. Power summary fo r  case w ith o u t C 02 capture (comparable to  DOE Case 11).1

POWER SUMMARY (Gross Power at Generator Terminals, kWe)
Steam Turbine Power 580,418

Total (Steam Turbine) Power, kWe 580,418
Auxiliary Load Summary, kWe
Boiler Fuel Delivery 3,216
Ash Handling 529
Primary Air Fans 1,358
Forced Draft Fans 1,524
Induced Draft Fans 7,444
Baghouse(ESP) 70
Wet FGD 5,536
Carbon-Capture Process -
C02 Compression -
Miscellaneous BOP 289
Condensate Pumps 953
Circulating Water Pumps 3,889
Cooling Tower Fans 3,284
Transformer Losses 1,820
BFP Booster Pump 498
Total Auxiliaries, kWe 30,411
Net Power, kWe 550,008
Net Plant Efficiency (HHV) 39.2%
Net Plant Heat Rate, (Btu/kWh) 8,702

Condenser Cooling duty, (106 Btu/hr) 2,212

Consumables
As-Received Coal Feed, (lb/hr) 
Limestone Sorbent Feed, (lb/hr) 
Thermal Input (kWt)
Raw Water Consumption (gpm)

410,264
33,833

1,402,678
6,740

The Therm oflow  model includesa cost e s tim a tion too l.T he  results from  th is are summarized in 

Table 3. The cost e s tim a te s fo rth e  model w ith o u t carbon capture were tuned in order to  line
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up w ith  the results from  Case 11 in the econom ic updates (June 2011 Basis) fo r th e  B itum inous 

Baseline S tudy.2 The factors tha t were applied in o rder to  achieve th is  match were held 

constant fo r fu rth e r analysis o f cases w ith  C 02 capture.

Table 3. Equipm ent cost summary fo r case w ith o u t C 02 capture (comparable to  DOE Case l l ) . 2

$ $/kW

Specialized Equipment $ 503,571,680 $ 912
Boiler $ 190,948,513 $ 346

Furnace $ 81,914,520 $ 148

Convective Elements $ 55,081,043 $ 100

Additional Waterwall $ 5,734,579 $ 10

Soot Blowers $ 4,858,259 $ 9
Desuperheaters and Controls $ 8,363,538 $ 15
Air and Flue Gas Ducts $ 5,955,797 $ 11

Coal Pulverizers and Feeders $ 19,589,477 $ 35

FD Fan, PA Fan, ID Fan $ 3,079,953 $ 5.6
Structural Steel, Ladders, Walkways $ 2,481,073 $ 4.5

Rotary Air Heaters $ 3,887,829 $ 7.0

$ $
SteamTurbine $ 112,162,148 $ 203

Feedwater Heaters $ 9,790,217 $ 18
Feedwater Heater 1 $ 706,216 $ 1.3

Feedwater Heater 2 $ 677,982 $ 1.2
Feedwater HeaterS $ 631,536 $ 1.1

Feedwater Heater4 $ 813,651 $ 1.5

Feedwater Heater5-DA $ 954,821 $ 1.7

Feedwater Heater 6 (6A,6B) $ 1,665,926 $ 3.0
Feedwater Heater? (7A,7B) $ 2,205,182 $ 4.0

Feedwater Heater 8 (8A,8B) $ 2,135,025 $ 3.9

Water Cooled Condensers $ 4,703,533 $ 8.5
Main Condenser $ 4,138,816 $ 7.5

Feed Pump Turbine Condenser $ 565,023 $ 1.0

Particulate and Mercury Control $ 22,139,295 $ 40

Flue Gas Desulfurization $ 87,523,161 $ 159

2 "U p d ated  Costs (June 2 0 1 1  Basis) fo r  Selected B itum inous Baseline Cases", DO E /N E T L -3 4 1 /0 8 2 3 1 2 .

12



Nitrogen Oxide Control (SCR) $ 39,389,787 $ 71

Stack $ 9,447,807 $ 17

Continuous Emissions Monitoring System $ 627,299 $ 1.1

Distributed Control System $ 1,675,191 $ 3.0

Transmission Voltage Equipment $ 15,090,301 $ 27
Transformers $ 13,353,578 $ 24

Circuit Breakers $ 1,018,812 $ 1.8

Miscellaneous Equipment $ 718,644 $ 1.3

Generating Voltage Equipment $ 10,074,427 $ 18
Generator Buswork $ 5,234,596 $ 9
Circuit Breakers $ 4,359,515 $ 7.9

Miscellaneous Equipment $ 479,706 $ 0.9

Other Equipment $ 126,556,231 $ 229
Pumps $ 12,782,669 $ 23

Boiler Feed Pump (+ Turbine) $ 8,445,190 $ 15

Boiler Feed Booster Pump $ 130,955 $ 0.2
Condenser C.W. Pump $ 2,290,345 $ 4.1

Condensate Forwarding Pump $ 599,474 $ 1.1

Condenser Vacuum Pump $ 373,495 $ 0.7
Aux Cooling Water Pump (Closed Loop) $ 40,050 $ 0.1

Treated Water Pump $ 6,783 $ 0.01

Diesel Fire Pump $ 172,876 $ 0.3

Jockey Fire Pump $ 5,182 $ 0.01
Demin Water Pump $ 13,419 $ 0.02

Raw Water Pumps $ 28,232 $ 0.1

Aux Cooling Water Pump (Open Loop) $ 40,050 $ 0.1

Startup Boiler Feed Pump $ 637,239 $ 1.2

Tanks $ 960,883 $ 1.7
Hydrous Ammonia $ 160,595 $ 0.3
Demin Water $ 104,252 $ 0.2

RawWater $ 340,440 $ 0.6

Neutralized Water $ 78,037 $ 0.1
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Acid Storage $ 32,620 $ 0.1

Caustic Storage $ 32,620 $ 0.1

Dedicated Fire Protection Water Storage $ 212,355 $ 0.4

$ $
Cooling Tower $ 10,215,077 $ 19

Auxiliary Cooling Water Heat Exchanger $ 138,904 $ 0.3

SteamTurbine Crane $ 1,984,621 $ 3.6

Station Instrument Air Compressors $ 816,256 $ 1.5

General Plant Instrumentation $ 430,632 $ 0.8

Medium Voltage Equipment $ 6,408,794 $ 12
Transformers $ 908,452 $ 1.6

Circuit Breakers $ 344,459 $ 0.6

Switchgear $ 1,805,415 $ 3.3

Motor Control Centers $ 3,044,880 $ 5.5

Miscellaneous $ 305,221 $ 0.6

Low Voltage Equipment $ 1,577,221 $ 2.9
Transformers $ 550,622 $ 1.0

Circuit Breakers $ 460,216 $ 0.8

Motor Control Centers $ 491,003 $ 0.9

Miscellaneous $ 751,898 $ 1.4

Coal Handling Equipment $ 62,983,114 $ 114

Ash Handling Equipment $ 22,231,445 $ 40

Miscellaneous Equipment $ 6,026,614 $ 11

Civil $ 82,771,128 $ 150
Site Work $ 17,302,872 $ 31

Excavation and Backfill $ 4,839,333 $ 9
Concrete $ 59,554,161 $ 108

Roads Parking and Walkways $ 1,074,761 $ 1.9
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Mechanical $ 249,878,964 $ 453
On Site Transportation and Rigging $ 8,948,256 $ 16

Equipment Erection and Assembly $ 179,486,985 $ 325

Piping $ 59,145,791 $ 107

Steel $ 2,297,932 $ 4.2

Electrical Assembly and Wiring $ 22,045,205 $ 40
Controls $ 13,696,410 $ 25

Assembly and Wiring $ 8,348,796 $ 15

Buildings and Structures $ 20,288,854 $ 37
Boiler House and Turbine Hall $ 18,282,573 $ 33
Administration Control Room, Machine Shop, 

Warehouse $ 1,979,771 $ 3.6

Guard House $ 26,510 $ 0.05

Engineering and Plant Startup $ 52,908,687 $ 96
Engineering $ 43,097,130 $ 78

Startup $ 9,811,557 $ 18

Totals
Subtotal Contractor's Internal Cost $ 1,058,020,749 $ 1,917

Contractors Soft & Misc Costs $ 200,206,199 $ 363

Subtotal Contractor's Price $ 1,258,226,948 $ 2,279
Owner's Soft and Misc Costs $ 267,642,586 $ 485

Total Owner's Cost $ 1,525,869,535 $ 2,764

Details about consumable m aterials are also available from  the Therm oflow  m odel.These were 

used w ith  un it cost values from  the econom ic updates (June 2011 Basis) fo r the B itum inous 

Baseline Study in o rder to  calculate annual costs o f consumables and fu e l.2The fixed operating 

costs and maintenance m aterial costs were not independently  calculated by the pow er block 

model and were the re fo re  assumed equal to  the values in DOE Case 11 to  avoid inconsistency. 

The annual cost figures are summarized in Table 4.
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Table 4. Annual cost summary fo r case w ith o u t C 02 capture (comparable to  DOE Case l l ) . 1

Annual Cost Annual Unit Cost

Fixed Operating Costs $

$
38,828,811 $

$/kWh-net

0.00806

Maintenance Material Costs
Consumption /  day Unit Cost

$ 10,945,892 $ 0.00227

Water (/1000 gallons) 3,293 1.67 $ 1,706,242 $ 0.00035

Chemicals
MU & WT Chem.(lbs) 
Limestone (ton) 
Ammonia (19% NH3)ton

15,939
478

74

0.27
33.48

330

$
$
$

1,335,191
4,961,323
7,589,915

$
$
$

0.00028
0.00103
0.00158

Subtotal Chemicals $ 13,886,429 $ 0.00288

Other
SCR Catalyst (m3) 0.31 5775.94 $ 556,513 $ 0.00012

Subtotal Other $ 556,513 $ 0.00012

Waste Disposal 
Total Ash (ton) 478 25.11 $ 3,720,271 $ 0.00077

Subtotal Waste
Disposal $ 3,720,271 $ 0.00077

Total Variable Operating 
Costs $ 19,869,457 $ 0.00412

Fuel (ton) 4923 68.60 $ 104,780,439 $ 0.02175
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Table 5 de ta ils the  energyflow s in and out o f the control vo lum e in the pow erb lock m odel, and 

confirm s tha t the model achieves a proper energy balance.

Table 5. Energy balance fo r case w ith o u tC 0 2 capture (comparable to  DOE Case l l ) . 1

HHV
Sensible + 

Latent Heat Power Total

Heat In (MMBtu/hr)

Coal 4797 4797
Ambient Air 53.3 53.3

FGD Water 22.0 22.0

FGD Oxidation Air 3.8 3.8

Totals 4797 79 4876

Heat Out (MMBtu/hr)

Bottom Ash 4.4 4.4

Fly Ash + FGD Ash 1.7 1.7

Flue Gas 611 611

Unburned Carbon 13.3 13.3

Boiler Losses 42.1 42.1
Fuel Delivery Losses 2.2 2.2

Main Condenser 1970 1970

BFPT Condenser 230 230

Steam Piping Losses 11.1 11.1

ST/Generator Mech/Elec/Gear Losses 22.7 22.7

BFPT Mech Losses 0.7 0.7

Pumps Mech/Elec Losses 2.4 2.4

Fans Mech/Elec Losses 3.8 3.8

FGD Energy Losses 31.7 31.7

Misc Losses and Auxiliaries 52.6 52.6

Net Power 1877 1877

Totals 0 2999 1877 4876

Table 6 summarizes the pieces o f equ ipm ent which contribu te  to  the to ta l w a te r consum ption 

in the pow er block model.
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Table 6. W ater consum ption fo r case w ith o u t C 02 capture (comparable to  DOE Case l l ) . 1

Water Use Water Consumption (gpm)

Carbon-Capture Process

FGD Makeup 573

Cooling Tower 3,558

Total 4,130

C 02-Capture System ASPEN Plus Model Development

An ASPEN Plus model was developed fo ra  supercritical commercial-scale process w ith  

am inosilicone-based solvent. The base case chosen was s im ila rto  Case 11 in th e  DOE-NETL 

study.1 Models were developed fo ra  n u m b e ro f d iffe re n t C02-capture cases w ith  varying 

absorberand desorber ope rating conditions. In o rder to  compare the  d iffe re n t cases o f the 

carbon-capture island, the flue  gas f lo w  rate was fixed  to  match the Case 11 from  the DOE NETL 

study which produces 550 MW net p o w e rw ith o u t C 02 capture. Comparing these cases 

fac ilita ted  fina l se lection o f the best case tha t had the low est overall removal cost o f C 02. The 

best case was then scaled up to  550 MW net pow er w ith  C 02 capture. Further, tw o  more cases 

were m odeled starting from  the scaled-up best case to  fu rth e r optim ize  the pow erp lan t and 

the carbon-capture island in tegra tion.The d e ta ilso f the selected cases are explained in the  

subsequent sections. The o ve rv ie w o f the model is presented in Figure 4.

Desorber
Compression train

Absorbers
intercoolersAbsorbers train

Figure 4: Aspen Plus model fo r C 02 separation sub-system.

Each part o f the process w ill be discussed below .
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Absorber Design

The C02-capture process was designed fo r a supercritical PC pow er plant, and the best case was 

scaled up to  achieve 550 MW o f net pow er w ith  C 02 capture. Flue gas enters the post­

com bustion C 02-capture island from  the coal pow erp lan t. The flue  gas f lo w  rate and 

com position were dete rm ined  from  the results o f the pow er plant model using Therm oflow . 

The flue  gas is cooled to  40 °C in a d irect contact cooler, where condensed w a ter is removed 

and sent to  a waste w a te r trea tm en t plant. The absorber tra in  consists o f 4 units, and flue  gas is 

even ly sp lit among each o f the columns. The f lo w  sheet from  the ASPEN Plus model o f the 

absorbertra in  is shown in Figure 5.

RICH1

CLEAN FGI.1 |—
LEANOUT1

-| LEAN IN 1

CLEAN FG2

<—|Tf---->0 ---- r ~®
INTERC2 __

^ > 0 —

RICH0UT2 |-

-| FGIN [
CLEAN FG3 |—

BLRVNT1

RICH0UT3 |~

CLEANFG4 |—

Figure 5. Aspen Plus f lo w  sheet fo r th e  absorber tra in  portion  o f the carbon-capture process.

The absorbers are designed as RadFrac un it operations in Aspen Plus, where mass transfe r is 

m odeled based on rate-based calculations and chemical reactions are assumed to  be in 

equ ilib rium . These assumptions were made based on bench-scale experim ents conducted in 

the p rio r award (DE-FE0007502).
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During the last cooperative agreem ent, an ASPEN Plus model fo r the bench-scale process was 

developed, and the packing type used in the model fo r th e  absorber corresponded to  the actual 

packing used in the bench-scale process. Because there  isa range o f choices fo r packing type 

fo r  commercial-scale processes, sens itiv ity  analysis was conducted w ith  respect to  packing type 

in o rd e rto  understand its e ffe c to n  system perform ance.This analysiswas conducted at a fixed 

lean so lvent f lo w  rate to  the absorbertra in , and the change in C 02 capture was dete rm ined . 

Results o f th is  sens itiv ity  analysis are shown on Figure 6.

2.5%

HJui(6
V
VVI(6

J2

2.0%

1.5%

1.0%

Change in %C02 capture compared to base case

I 0.5% 

«
J i 0.0%
"5
SS 
u -0.5%

S -1.0%
jD
<

-1.5%

1 i i
1 2 i  £-1 -i -1 RT"0 "D (D

-jUi Hicn, hi
5 5 5 S
3 3 3 <

3
5**

X
hiui
3
5

VIc_
N(D

VIcT
(L
7
"0017T
hi
s

V IcT
(D
7 
"0 uS"
8  o

73
5L
=
■u
01S"
hi
s
-<
n

57
T0)

hiU1

- 2 .0%

Figure 6. Effect o f packing type on percent o f C02 captured.

It can be seen that, overall, structured packing o ffe rs h igherperform ance compared to  random 

packing fo r th is system. The best case shown provides ~2% im provem ent in capture e ffic iency 

compared to  the base case. The packing type which is available at the NCCC is M ellapak Plus 

252Y, and the re fo re  th is packing was selected fo r fu r th e r  analysis. Also, th is packing is 

com m ercia lly available in carbon steel (CS), which is s ign ificantly  less expensive than stainless 

steel (SS). Because o f the ami nosilicone's low e r corros iv ity  re lative to  o the r sol vents, carbon 
steel packing may be used.

20



Packing Height Sensitivity Analysis

The sens itiv ity  analysis w ith  respectto  packing height was conducted fo r Mellapak Plus 252Y 

structured packing, and the results are presented in Figure 7. It can be seen the reduction o f 

packing height from  95 f t  to  50 f t  reduces the absolute value o f CO2 capture by ~0.6%, and 

the re fo re  the lean so lvent f lo w  rate w ould need to  be increased s ligh tly  to  obta in  90% capture. 

The height o f the packing was selected to  be 50 ft, because the capital cost o f the absorber 

tra in  o ffsets the cost o f a small lean-so lvent f lo w  rate increase. D iam eter o f each absorber was 
optim ized to  avoid flood ing , and it  was dete rm ined  to  be 33 f t  fo r th e  fina l cases.

1.4%
Packed height vs. C02 capture

22 1 . 2 %  H
3

&■ 1 .0%  -
U
6 ' 0.8% -I

”  0 .6%  H 
o
tj 0 .4 %  -
3

|  0 .2%

0 .0%

100 200 300
Packing height in the absorber (ft)

400

Figure 7. The e ffec t o f packing he igh ten  C 02 capture.

Desorber Design

It was previously shown tha t the am inosilicone-based solvent has sign ificantly  low er vapor 

pressure compared to  MEA, and th is  property fac ilita tes ope rating the desorption process at 

h igher tem peratures and pressures w ith o u t s ignificant so lvent losses. This advantageous 

p roperty  also enab lesthe desorption o f C02 to  be accomplished in a continuous stirred-tank 

reactor (CSTR) versus a d is tilla tio n  colum n, which reduces the CAP EX o f the desorber system by 

~50%. Among o th e r advantages are easieroperation  and m aintenance and sm a lle rfo o tp rin t.
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The desorbersystem  includes a recircu lation loop w ith  a high-pressure pum pand heat 

exchangerto provide su ffic ien t heat transfe r surface area and increase liqu id /gas interfacia l 

area. The ASPEN Plus model flow d iag ram  fo r  the desorberis  presented be low  in Figure 8.

For each o f the cases considered below , recircu lation loop pump and heat exchanger sizes we re 

calculated and used fo r capital cost estim ation.

O- CW1 -L

CSTROUT

R-DES

Figure 8. The desorbersection  o f the ASPEN Plus f lo w  sheet.

The main design parameters fo r the desorberare tem pera ture, pressure, and residence tim e. 

The current optim ized desorberoperates at a tem pera ture  o f 130 °C, pressure o f 63 psia, and 

residence tim e  o f 11 m inutes. The residence tim e  was selected based on a sens itiv ity  analysis 

which showed tha t C02 desorption approached e qu ilib rium  at 11 m inutes. The vo lum e o f the 

desorberis  calculated based on th is  residence tim e .

The values used fo r  the overall heat transfe r coeffic ien ts fo r the desorber jacket and 

recircu lation loop heat exchangerwere selected based on a lite ra tu re  search and p rio r 

calculations, and are presented inTable 7.
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Table 7. The heat transfer coefficients used in the desorber m odel.

T y p e  o f  h e a t  t r a n s f e r  u n i t O v e r a l l  h e a t  t r a n s f e r  c o e f f i c i e n t  U  ( B t u / h r f f  -F )

Jacketed vessels: steam to  organics, SS wall, 
average

100

Shell and Tube heat exchanger: steam to  light 
organics, average

185

The vo lum e o f the desorberis  calculated based on a residence tim e  o f 11 m inutes. The am ount 

o f heat which can be transferred through the desorber jacket can be calculated based on the 

fo llo w in ge q ua tio n :

Q r e a c to r  =  U  *  A *  L M T D

The to ta l heat required fo r the desorbersystem  is calculated by the ASPEN Plus m odel, and the 

heat du ty  fo r the recircu lation loop heat exchanger is also dete rm ined . Based on these values, 

the appropriate size fo r heat exchangerand num ber o f cycles/m inute  are calculated. The 

results fo r each o f the ami nosilicone-based casess tud ied fo rthe  carbon capture system are 

presented be low  in Table 8.

Table 8. Size o f desorberand recircu lation loop fo r d iffe re n t carbon capture cases.

Desorber CSTR Recirculation loop
Total height, ft Diameter, ft HEX area, f t2 Number of cycles/m in

Case A 70 33.0 10,128 0.25
Case B 53 33.0 10,214 0.34
Case C 38 33.0 10,452 0.50
Case D 37 33.0 10,432 0.51
Case E 44 33.0 9,649 0.20
Case H 54 33.0 12,511 0.20

Rich-Lean Heat Exchanger

In o rder to  recover as much heat as possible from  the hot lean so lvent stream leaving the 

desorber, a rich-lean heatexchanger w ill be u tilized to  preheat the rich cold so lvent leavingthe 

absorber tra in . In current s im ulations, the rich-lean heat exchanger is m odeled as a shell and 

tube un it w ith  a constant value o f the overall hea ttransfe r co e ffic ie n to f 75 B tu /h r-ft2-F.This 

value was previously estim ated from  heat tra n s fe rf ilm  coeffic ien ts based on known physica I 

p ropertiesand design assumptions. In the current system, th is  un it represents~25% o f the tota l 

equ ipm ent cost fo r the C02-capture process. Therefore, add itional w ork w ill be done in the
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fu tu re  to  find  the optim al design fo r th is  heat exchanger, to  increase the value o f the overall 

heat transfe r coeffic ien t, which w ill reduce the  CAPEX o f the C 02-capture system.

Heat Transfer C oeffic ien t

The overall heat transfe r coe ffic ien t fo rsh e ll and tube heat exchangers can be calculated from  

Equation l . 3

where h0 and hi are ind iv idual f ilm  heat-transfercoeffic ien ts, Rdo and Rdi are fou ling  resistances; 
and (xA0/k wAwm) is wall resistance.

Two separate m ethods were used to  calculate ind iv idua l f ilm  h ea t-trans fe rcoe ffic ien ts fo rtube  

and shell sides.

Shell-Side Individual Film Heat-TransferCoeffic ient

Shell-side hea t-trans fe rcoe ffic ien tfo ran  ideal tube bank h|< can be dete rm ined  from  Equation

w h e re jk is the  facto r de term ined from  the corre la tion fo r j- fa c to r  fo r and idea ltube  bank 

(Figure 9), c is specific heat, k is the therm al conductiv ity , pb is bu lkv iscosity  o f the solvent, pw is 

viscosity evaluated at the mean surface tem pera ture, W is mass flo w  rate, and Sm is one cross- 

flo w  section.

1

R do + wAwm (^- + Rdi)A0/Ai Equation 1

Equation 2

3 Green, D.; Perry, R ."P erry 'sChem ical E ngineeringH andbook, 8 thedit ion".
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Figure 9: Correlation o f j f  actor fo r ideal tube bank.3

The shell side Reynolds num bercan be de te rm ined  from  Equation 3.3

( N R e ) s =  D 0 W / \ i b S m  Equations

Steps fo r calculation o f she 11-side heat transfe r coe ffic ien t are described below.

1) Iden tify  assumptions fo r  these calculations:

a. Reynolds num beron the shell side fo r ME A and GAP-lm/TEG system is the 

same, and equals 1,000.

b. Ratio o f bu lk -to -w a ll viscosity is assumed to  be 10. Due to  the higher 

tem pera ture  o f the wall surface versus bulk, the viscosity w ill be low er at the 

surface. The estim ated value has lit t le  im pacton  the heat transfe r coe ffic ien t 

due to  the small exponent in Equation 2. Ten was chosen as a conservative 

estim ate.

c. Tube d iam e te ris  1.5 inch.

2) Calculate ratio o f W /Sm from  Equation 3.

3) Find j k value from  the p lo t in Figure 9.

4) Substitute physical properties o f the solvent, value o f j k, and the value o f W /Sm in to  the 

equation 2 to  find  hQ.
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Tube-Side Individual Film Heat-TransferCoefficient

The tube side heat transfer coefficient for circular tubes can be determined from the following 
Nusselt number correlation for laminar flow.4

N u  =  1.86(/?ePr)0,33(- )0,33(^i1̂ ) 014 Equation 4
L  f t b u lk

Also, Nusselt num bercan be correlated to  the hea ttransfe r coe ffic ien t h through the fo llo w in g  

expression.5

h d  Equation 5

Beloware the steps fo r the calculation o f the tube-side heat transfe r coeffic ien t.

1) Iden tify  assum ption fo r  these calculations:

a. Reynolds num beron the tube side fo r  ME A and GAP-lm/TEG system is the 

same, and it  equals 1,000 (lam inar flo w ). This num ber was selected as a 

moderate value correspond ingto  a f lo w  o f ~ 10 ft/sec.

b. Tube d iam e te ris  1.5 in.

2) Calculate Prandtl num be rfo re ach  so lvent system.

3) Calculate Nusselt n um be rfro m  Equation 4.

4) Calculate hj from  Equation 5.

Overall Heat-TransferC oeffic ient

The overall heat transfe r coe ffic ien t can be calculated from  Equation 1, and be low  are the steps 

fo rca lcu la tions.

1) Iden tify  assumptions fo r  these calculations:

a. Thickness o f the pipe wall is 0.25 in.

b. Pipe m aterial is carbon steel.

c. Fouling coe ffic ien t is 5,000 W /m 2-K

2) Use Equation 1 to  de te rm ine  overall heat transfe r coe ffic ien t, U.

These calculations were used to  dete rm ine  the overall heat transfe r coeffic ien ts fo r a 30/70 

M EA/w ater system and to  compare it  to  the 60/40 GAP-lm/TEG system. The values o f overall

4 T o w le r ,  G .;S in n o tt ,  R. "Chem ica l Engineering Design: Principles, Practice and Economics o f  Plant and Process 

Design".
5 "S im plif ied  Approach  to  Estimating T ub e  S ide  H ea t  Transfer Coefficients",

h t tp : / /v g a n a p a th y . t r ip o d .c o m /tu b e h t .h tm l .
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heat transfe r co e ffic ie n tfo r6 0 /4 0  GAP-lm/TEG and 30/70 M EA/water are 75 and 93 

B tu /(h r-ft2-F), respectively.

It has to  be noted tha t th isva lue  o f U is spec ific to  the assumptions made and considered 

conditions. Due to  the high v iscos ityo f the rich GAP-lm/TEG solvent, tu rb u le n tf lo w  m ight be a 

challenge fo r the tube side o f the heat exchanger, and pressure drop w ould also need to  be 

considered fo r the fina l design. So, a ve loc ity  in the lam inar regime was chosen. To increase the  

overall heat transfer, shell-s ide Reynolds num bercan be po ten tia lly  increased.

Compression Train

The purpose o f the compression tra in  i t to  de live ra  h igh-purity  C02 stream at 2215 psia fo r 

transporta tion  and storage. The discharge pressures at each stage are presented in Table 9.

Table 9. The o u tle t pressuresat each stage in th e  com pression tra in .

Stage
O utlet Pressure, 

M Pa (psia)

1 0 .3 6  (5 2 )

2 0 . 7 8 ( 1 1 3 )

3 1.71 (2 4 8 )

4 3 .7 6  (5 4 5 )

5 8 .2 7 ( 1 .2 0 0 )

6 15.3 (2 .2 1 5 )

Since the desorber ope rates at 63 psia in the ami nosilicone-based process, the f irs t stage o f the 

compression tra in  can be removed, s ign ifican tly  reducing the cost o f the compression tra in. The 

pressurized gas stream is cooled to  40 °C a ftereach compressor w ith  cooling w a te r and all 

liqu id  condensate is removed in a va po r/liqu id  flash separator. Cooling w a te r is supplied from  

the p ow erp lan t cooling tow ersystem .The compressors at each stage have a po lytrop ic 

e ffic iency o f 86% and mechanical e ffic iency o f 98%.

The fina l C02 stream has to  satisfy the conceptual design lim its  forenhanced oil recovery as 

listed in Exhibit 2-1 o f the NETL QGESS tit le d  "C 0 2 Im purity  Design Param eters".6 Table 10

6 Q u a l i t y  Guidelines fo r  Energy System Studies, "Cost Estimation M eth o d o lo g y  fo r  NETL Assessments o f  Pow er  

P la n t  Perform ance", DO E /N E T L -2 0 1 1 /1 4 5 5 .
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shows the required specifications fo r the product C02 stream. Table 10 also shows the 

com position o f the C 02 stream fo r the a mi nosilicone base-case model.

Table 10: Case H C02 stream o u tle t com position as compared to  EOR specifications.Error!Bookmark
not defined.

Component Unit Enhanced Oil Recovery specification CASE H
Conceptual design Range in Literature

C02 Vol %  (min) 95 90-99.8 99.39
H20 PPmv 500 20-650 812
n 2 Vol% 1 0.01-2 <0.01
o 2 Vol% 0.001 0.001-1.3 <0.001
Ar Vol% 1 0.01-1 0

It can be seen tha t fina l high pressure C 02 stream generated by the ami nosilicon-based process 

has s ligh tly  h igher w a te r am ount than the EOR specifications. In fu tu re  w ork the am ount o f 

cooling w ill be increased in o rder to  match specification lim its .

M u ltip le  cases were considered fo r technical and econom ic analysis, and be low  is the summary 

table o f all cases w ith  specificconditions.
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Table 11: Summary o f m ajor cases considered fo r  the ami nosilicone-based C02 separation system.

Absorber
intercoolers

(Y /N )

Num ber
o f

absorbers
Intercooler 
load (each)

Desorber
T,°F

Desorber 
P (psia)

Num ber
o f

desorbers
Absorber 

packing type
Packing
m ateria l

Sulfur 
in FG 
(ppm)

C a s e A N 4 NA 2 8 4  °F 63 2 Rachig  rings CS 5

Case  B Y 4 3 0  M W 2 8 4  °F 63 2 Rachig  rings cs 5

C a s e C Y 4 6 0  M W 2 8 4  °F 63 2 Rachig  rings CS 5

Case  D Y 4 6 0  M W 2 8 4  °F 63 2
M e l la p a k P L

2 5 2 Y cs 5

Case  E Y 4 6 0  M W 2 6 6  °F 63 2
M e l la p a k P L

2 5 2 Y cs 5

Case  F Y 3 8 0  M W 2 6 6  °F 63 2
M e l la p a k P L

2 5 2 Y cs 5

C a s e G Y 3 8 0  M W 2 6 6  °F 63 2
M e l la p a k P L

2 5 2 Y cs 5

Case G was scaled up to  552 MW net pow er inc lud ing the  C02-capture island to  generate Case H.
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The C02-capture system block f lo w  diagram sca led -up to  552 MW net pow er fo r Case H is presented on Figure 10 and the 

corresponding stream table is presented inTable 12.

90C 4 0 C
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Figure 4. Block flow d iag ram  o f C 02-capture system fo r Case H.
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Table 12. Stream table fo r C02-capture system fo r Case H.

Stream Number S-l S-2 S-3 S-4 S-5 S-6 S-7 S-8
Mole Fraction

H20 0.1517 0.0731 0.9999 0.2420 0.2820 0.0436 0.2820 0.2820

C02 0.1353 0.1478 0.0001 0.0090 0.0007 0.0192 0.0007 0.0007

n2 0.6890 0.7528 0.0000 0.0001 0.0010 0.9057 0.0010 0.0010

o 2 0.0240 0.0262 0.0000 0.0000 0.0000 0.0316 0.0000 0.0000

GAP1 0.0000 0.0000 0.0000 0.2190 0.0215 0.0000 0.0215 0.0215
GAP1CARB 0.0000 0.0000 0.0000 0.0789 0.2631 0.0000 0.2631 0.2631

TEG 0.0000 0.0000 0.0000 0.4510 0.4317 0.0000 0.4317 0.4317
Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000

Total Flow Ibmol/hr 212,156 194,164 17,992 136,228 142,321 161,256 142,321 142,321
Total Flow lb/hr 6,100,920 5,776,755 324,165 23,414,975 24,648,212 4,516,809 24,648,212 24,648,212

Temperature F 135 104 104 104 122 128 123 240
Pressure psia 14.7 14.7 14.7 15 14.7 14.7 93 93
Vapor Frac 1 1 0 0 0 1 0 0

Enthalpy Btu/lb -1329.5 -1089.4 -6791.9 -2272.7 -2407.9 -264.7 -2407.7 -2350.2

Density Ib/cuft 0.066 0.072 61.142 56.338 58.046 0.065 58.025 53.743

Average MW 28.757 29.752 18.017 171.881 173.187 28.010 173.187 173.187
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Stream Number S-9 S-10 S -ll S-12 S-13 S-14 S-15
Mole Fraction

H20 0.2853 0.1629 0.2574 0.8924 0.1444 0.0170 0.0008

C02 0.0007 0.8299 0.0085 0.0020 0.8509 0.9778 0.9939

n 2 0.0010 0.0044 0.0000 0.0000 0.0045 0.0052 0.0053

o 2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
GAP1 0.0218 0.0018 0.2159 0.0689 0.0001 0.0000 0.0000
GAP1CARB 0.2618 0.0006 0.0757 0.0244 0.0000 0.0000 0.0000

TEG 0.4294 0.0003 0.4424 0.0122 0.0000 0.0000 0.0000
Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000

Total Flow Ibmol/hr 143,095 31,144 138,883 774 30,370 26,423 25,991
Total Flow lb/hr 24,686,221 1,259,768 23,426,717 38,009 1,221,759 1,148,988 1,141,107

Temperature F 240 266 266 194 194 104 124
Pressure psia 63 63 63 63 63 63 2215

Vapor Frac 0 1 0 0 1 1 1

Enthalpy Btu/lb -2352.1 -3887.1 -2202.7 -3549.3 -3927.6 -3839.2 -3822.1
Density Ib/cuft 53.705 0.327 50.617 43.516 0.361 0.453 15.526

Average MW 172.517 40.450 168.680 49.124 40.229 43.484 43.904
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System Utilitiesfor C02 Capture Process

The C02 capture process adds additional auxilia ry load on coal pow er plants, and the main 

contribu tors are so lvent pumps, C 02 compressors, flue  gas blowers, cooling w a te rfans  and 

pumps. Table 13 shows the pow er summary fo r Case H o f the C 02-capture system. It should be 

noted tha t the main feed-gas b low er is part o f the pow er plant, and on ly the additional pow er 

to  increase the flue  gas pressure to  the required in le t pressure o f the C02-capture process is 

shown inTable 13. The cooling to w e r isalso part o f the pow er plant, and its opera tion  and 

capital costs are included in the pow er plant island costs. Therefore, the table shows on ly the 

p o w e rfo r th e  cooling w a te r pumps, which d e liv e rw a te rfro m  the c o o lin g to w e rto  the C02- 

capture process. C 02 separation auxiliaries include lean and rich so lvent pumps.

Table 13: Power summary fo r Case H.

POWER SUMMARY
AUXILIARY LOAD SUMMARY, 
kWe

Feed Gas 
Blower 911
C 02 Separation Auxiliaries 2,098
C 02
Compression 43,088
Cooling Water Pumps 6,866

TOTAL AUXILIARIES, 
kWe 52,963

COOLING WATER, 
ton/hr 45,600

STEAM, ton/hr 750

C02 Separation Unit Key Assumptions

The C02-seperation process model used the fo llow ingdes ign  assumptions given in Case 11 o f 

DOE NETL B itum inous Baseline Study.1

1) Com position o f flue  gas leaving the FGD (w e t basis) is shown in Table 14.
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Table 14. Flue gas com position leaving FGD.

Volum e %

CO 2 13.53
h 2o 15.17
n 2 68.9
0 2 2.40

ppmv

SOx 5-42
NOx 74

2) The f lo w  rate o f flue  gas leav ing the  FGD (based on DOE Case 11 550 MW net supercritical PC 

plant): 4,713,221 lb /h r. The f lo w  rate fo r th e  scaled-upcasesvaried due to  d iffe rences in overall 

p lant e ffic iency w ith  the various C02-capture system configurations.

3) Pressureand tem pera ture  o f flue  gas leavingFGD: 14.8 psia and 135 °F

4) C onditionsforLP  steam available from  pow er plant: 556 °F (base case, sens itiv ity  was 
conducted w ith  respect to  steam conditions)

5) Conditions fo r cooling w ater: feed = 60 °F, return = 80 °F w ith  a m in im um  approach o f 30 °F 

(sens itiv ity  wasconducted w ith  respectto  cooling w a ter conditions)

6) C02 removal from  flue  gas: greater than 90%

7) C02 purity : greater than 95 vol%

8) C02 de live ry  pressure and tem pera ture : 2,215 psia and 124 °F

The MEA and am inosilicone-based solvent baseline m odelsare based on a typical tem pera ture- 

sw ingsorben t separation process. The systems have fo u r process va riab lestha t dom inate the 

perform ance w ith a  given sorbentand theyare  absorber tem pera ture, desorber tem pera tu  re, 

desorberpressure, and rich-lean heatexchangerapproach tem pera ture.The  system models 

account fo r th e  m ajor energy penalties fo r CO 2 separation, and they include the energy 

required:

(1) fo r vaporization o f w a ter

(2) to  desorb the carbon d ioxide (i.e., reaction energy)

(3) fo r sensible heating o f the sorbent

The energy is supplied by feed ing  steam to  the desorber unit. The models also account fo r  CO 2- 

compression energy and auxilia ry loads.
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The sorbent-rich loading is de fined  asthe w e igh t%  o f C 02 in the rich sorbent leavingthe 

absorber colum n. The sorbent lean loading is defined asthe w e igh t % o f CO 2 in the lean sorbent 

leaving the desorber column. The sorbent net loading is defined asthe d iffe rence  betw een the 

rich loadingand the lean loadingand was obta ined from  bench-scale experim ents fo r  the GAP- 

lm /TEG system.

A deta iled  ME A Aspen Plus™ model tha t was b u ilt under th is pro ject was used to  compare the 

re s u lts fo rth is  study.

The main features o f the MEA model incl ude an absorber, rich-lean heat exchanger, and a 

desorber. The same un it operations are im portan t fo r th e  GAP-lm/TEG system.The baseline 

MEA case is b u ilt fro m  the description given in the B itum inous Baseline Study.1 Figure 11 shows 

a comparison o f the p lant e ffic iency reported fo r Case 12 in the B itum inous Baseline Study w ith  

the p lant e ffic iency calculated usingGE Global Research's m ode ls fo r MEA and the pow er plant.

30%

u 20%
tO)
*u

I
+■»c
£  10%

0%
DOE MEA MEA

Figure 11. Comparison o f estim ated p lant e ffic iency o f C 02 capture system using MEA vs. DOE 
estim ated effic iency.
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Studies of Integrated Power Plant with C 02-Capture Plant

A num ber o f d iffe re n t process options were studied fo r th e  a mi nosilicone -based C02 capture 

system. Table 15 lists the m od ifica tions tha t were made from  Case A to  Case J.

Table 15. List o f m ajor cases fo r  C 02 capture system using a mi nosilicones.

MEA Base MEA (DOE Case 11 w  CC and, Case 12)

Aminosilicone Cases
Case A 284 °F, 63 psia

Case B Added Absorber Intercoolers

Case C Increased Intercooling

Case D Structured Packing

Case E Reduced Desorber Tem perature

Case F Reduced Num ber o f Absorbers

Case G Reduced Absorber D iam eter

Scaled Up Aminosilicone Cases
Case H Scaled to  550 MW Net

Case 1 Cooling W ater In tegration

Case J Waste Heat Recovery

The Figure 12 shows the p lant e ffic iency fo r th e  d iffe re n t cases as compared to  Case 12 in the 

DOE NETL B itum inous Baseline Study.1The p lant e ffic iencyforC ase G is 30.1% as compared to  

28.4% fo r th e  case using MEA. A fte r scaling up the pow er island and the carbon-capture island 

to  550 MW net power, tw o  more cases were evaluated tha t u tilized heat in tegra tion  betw een 

the tw o  islands.The e ffic iency o f the best case was im proved to  30.4% by u tiliz in g th e  heat 

in tegra tion  strategies. The Figure 13 show sthe energy penalty fo r each case.
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Figure 5. Plant e ffic iency o f fo r  each case.
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Figure 6. Energy penalty due to  C 02-capture system fo r each case.
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Steam Reboiler Factor

One o f the most im portan t factors tha t de te rm inesthe  energy penalty using carbon capture is 

the steam penalty. A steam penalty facto r in kW h/lb  can be calculated based on the steam 

co n d itio n th a t is used in the carbon capture island.The energy p e n a ltyo f carbon capture on a 

p o w e rp la n tis  h ig h lyd e p e n d e n to n th is  facto r and hence the steam extractioncond itions.Th is  

facto r was calculated by pow er p lant m odeling in Therm oflow  and was estim ated at 0.076 

kW h/lb  and 0.074 kW h/lb  if  steam is extracted at 571.4 °F/75 psia and 530.9 °F/60 psia fo r 

desorberopera ting  tem peratures o f 284 °F and 266 °F, respectively. The e ffec t o f th is facto r can 

be seen in the plant e ffic iency in Figure 12 betw een Case D and Case E.

A fte rth e  pow er plant model was calibrated to  Case 11, it was a ltered to  a llo w fo r  in tegration 

w ith  the carbon capture process. One o f the larger in teractions be tw een the  pow erb lock  and 

the carbon capture models is the export o f process steam fo r use in the capture plant's 

desorber. Extracting such a large am ount o f steam has a s ignificant impact on the design o f the 

pow ercycle . In the model calibrated to  Case 11, the low-pressure (LP) s team flow w as su ffic ien t 

to  require a 4 -flow  low-pressure steam tu rb ine . In the case w ith  carbon capture alm ost half o f 

the LP steam flo w  is d iverted  to  the carbon-capture plant and thus on ly a 2 -flow  LP steam 

tu rb ine  is required. The selection o f a 2 -flow  LP steam tu rb ine  over a 4 -flo w  makes a large 

d iffe rence to  steam turb ine  cost (~$60MM). A dd itiona lly , the selection o f the crossover 

pressure is heavily in fluenced bythe  C02-capture process steam extraction. The desorberin  the 

carbon-capture p lant is designed to  extract the maximum am ount o f heat from  the process 

steam by condensing it to  a saturated liqu id . This sets a m in im um  steam pressure tha t can be 

u tilized. If steam were extracted at too  low  o f a pressure, it  w ould not condense at the 

opera ting tem pera tu res o f the desorber, and a s ign ifican tly  la rgerextraction  o f steam w ould be 

required. Extracting steam above the m in im um  pressure doesn 'ty ie ld  s ign ificant cost savings, 

and is worse from  a perform ance perspective, so the ope rating tem pera ture  o f the desorber 

d irec tlyse ts  the op tim um  crossover pressure in the pow erb lock. Because o f this, the desorber 

opera ting tem pera tu re  was reduced from  284 °F to  266 °F (Case D to  Case E) in o rder to  a llow  

an extraction o f steam at a lo w e rp re ssu re ,fo ran  im provem ent in cycle effic iency. In th is  

design, the steam side o f the desorberopera tes at 54 psia, so the crossover pressure was 

selected to  be 60 psia.

The condensate w a te r re turn ing  from  the desorberis  still warm, but is only available at a low  

pressure. R eturn ingthe condensate to  the condenserw ou ld  be a waste o f valuable heat, and 

w ou ld  drive up the cooling to w e rd u ty . A lte rna tive ly , the condensate could be used fo r 

feedw a te rhea ting , e ith e rb y  passing it through the hot side o f one o r more feedw ate rhea te rs  

before re turn ing it  to  the condenser, or by pum ping the  condensate to  a high enough pressure 

to  be adm itted  to  the de -ae ra ting feedw a te rhea te r. In th is model it was selected to  return the
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condensate to  the de-aerating feed w a ter heater, but fu rth e r op tim iza tion  o f th is aspect o f the 

design may be possible.

It is also im portan t to  consider an op tim iza tion  o f equipm e nt a ffecting  the f lo w  o f flue  gases to 

the C02-capture equ ipm ent. S u lfu rcon ten t in the exhaust gases has a de trim enta l e ffec t on 

C02-capture hardware and solvents, so additional flue  gas desu lfu riza tion  equ ipm ent in the  

pow er block can be ju s tifie d  based on a reduction in m aintenance and material costs fo r th e  

C02-capture plant. Increasing the e ffec tive  ness o f the flue  gas desu lfu riza tion  system comes at 

a cost o f both increased capital costs and increased auxilia ry loads. In the design o f th is  plant 

the flue  gas su lfu rcon ten t was optim ized in order to  m in im ize the cost o f C 0 2-capture. In itia lly  

the flue  gas desu lfu riza tion  system was designed to  leave 42 ppm o f S02 in the flue  gas. In order 

to  decrease the am ount o f S02, the cost o f flue  gas desu lfu riza tion  equ ipm ent increases 

s ign ificantly.The optim al p o in tfo r  m in im ized C 02capture cost was found at 5 ppm o f sulfur. 

Figure 14 shows the cost and auxilia ry load deltas tha t were found during the op tim iza tion  o f 

the flue  gas desu lfu riza tion  system.
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Figure 14. Flue gas desu lfu riza tion  optim iza tion .
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Detailed processflow  in form ation  fo r  each stream in Case H (Case G scaled to  550 MW net) is 

provided in Table 16. The stream numbers in Table 16 are in reference to  the s im p lified  block 

diagram in Figure 3, and are co ns is te n tw ith th e  num bering scheme shown fo r the case w ith o u t 

C02 capture.
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Table 16. Stream p rope rtie s from  pow er plant m odeling o f Case H. The stream numbers correspond to  the block flow d iag ram  
shown in Figure 3.

1 2 3 4 5 6 7

V-L Mole Fraction

Ar 0.0093 0.0093 0.0093 0.0093 0.0000 0.0000 0.0088

C02 0.0003 0.0003 0.0003 0.0003 0.0000 0.0000 0.1485

h 2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000

h 2o 0.0101 0.0101 0.0101 0.0101 0.0000 0.0000 0.0893

n 2 0.7729 0.7729 0.7729 0.7729 0.0000 0.0000 0.7310

o 2 0.2074 0.2074 0.2074 0.2074 0.0000 0.0000 0.0202

S02 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0022

Total 1.0000 1.0000 1.0000 1.0000 0.0000 0.0000 1.0000

V-L Flowrate (Ibmol/hr) 139,244 139,244 42,774 42,774 - - 192,772

V-L Flowrate (lb/hr) 4,017,852 4,017,852 1,234,242 1,234,242 - - 5,737,068

Solids Flowrate (lb/hr) - - - - 538,439 10,686 42,744

Temperature (°F) 59 65 59 77 59 - 342
Pressure (psia) 14.7 15.1 14.7 16.2 14.7 - 14.3

Enthalpy (Btu/lbm) -4.3 -3.0 -4.3 0.1 - - 69.2

Density (lb /ft3) 0.076 0.078 0.076 0.081 - - 0.047

V-L Molecular Weight 28.85 28.85 28.85 28.85 - - 29.76
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8 9 10 11 12 13 14

V-L Mole Fraction

Ar 0.0000 0.0088 0.0088 0.0000 0.0093 0.0000 0.0000

C02 0.0000 0.1485 0.1485 0.0000 0.0003 0.0000 0.0004

h 2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
h 2o 0.0000 0.0893 0.0893 1.0000 0.0101 1.0000 0.9996

n 2 0.0000 0.7310 0.7310 0.0000 0.7729 0.0000 0.0000

o 2 0.0000 0.0202 0.0202 0.0000 0.2074 0.0000 0.0000
S02 0.0000 0.0022 0.0022 0.0000 0.0000 0.0000 0.0000

Total 0.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000

V-L Flowrate (Ibmol/hr) - 192,772 192,772 20,917 3,052 11,339 467

V-L Flowrate (lb/hr) - 5,737,068 5,737,068 376,920 88,056 204,322 8,424

Solids Flowrate (lb/hr) 42,744 - - - - 45,194 75,672

Temperature (°F) - 342 362.9 59 59 59 0

Pressure (psia) - 13.84 15.06 14.7 14.7 14.7 0.0

Enthalpy (Btu/lbm) - 69.2 74.7 27.1 -4.3 - -

Density (lb /ft3) - 0.046 0.048 62.379 0.076 - -

V-L Molecular Weight - 29.76 29.76 18.02 28.85 - 18.03
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15 16 17 18 19 20 21

V-L Mole Fraction

Ar 0.0081 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000

C02 0.1372 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000

h 2 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
h 2o 0.1577 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000

n 2 0.6766 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000

o 2 0.0204 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
S02 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000

Total 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000 1.0000

V-L Flowrate 
(Ibmol/hr) 211,766 266,843 221,783 221,783 197,442 83,241 197,442

V-L Flowrate (lb/hr) 6,100,922 4,808,520 3,996,538 3,996,538 3,557,905 1,500,000 413,566

Solids Flowrate (lb/hr) - - - - - -

Temperature (°F) 132 1100 663 1100 531 528 531

Pressure (psia) 14.7 3514.7 693.7 655.8 60.0 54.1 60.0

Enthalpy (Btu/lbm) 14.9 1495.0 1323.2 1570.5 1298.3 1297.3 1298.3

Density (lb /ft3) 0.063 4.319 1.143 0.722 0.103 0.093 0.103

V-L Molecular Weight 28.81 18.02 18.02 18.02 18.02 18.02 18.02
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22 23 24 25

V-L Mole Fraction

Ar 0.0000 0.0000 0.0000 0.0000

C02 0.0000 0.0000 0.0000 0.0000

h 2 0.0000 0.0000 0.0000 0.0000
h 2o 1.0000 1.0000 1.0000 1.0000

n 2 0.0000 0.0000 0.0000 0.0000

o 2 0.0000 0.0000 0.0000 0.0000
S02 0.0000 0.0000 0.0000 0.0000

Total 1.0000 1.0000 1.0000 1.0000

V-L Flowrate (Ibmol/hr) 75,343 115,437 83,241 197,442

V-L Flowrate (lb/hr) 1,357,682 2,080,170 1,500,000 4,808,520

Solids Flowrate (lb/hr) - - - -

Temperature (°F) 101 107 286 557

Pressure (psia) 1.0 258.5 133.6 4185.2

Enthalpy (Btu/lbm) 1023.5 75.2 255.5 552.9

Density (lb /ft3) 0.003 61.959 57.758 47.687

V-L Molecular Weight 18.02 18.02 18.02 18.02
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Table 17 summarizes pow er ou tpu t from  the pow er p lan ta long  w ith  m ateria lsconsum ed 
during normal operation fo r Case H. It includes a deta iled  summary o f auxilia ry loads and how 
they contribu te  w ith  the steam turb ine  pow erand C 02 capture and compression loadsto 
impact the to ta l p lant net p ow e ro u tp u t and effic iency.

Table 17. Power summary from  pow er plant m odeling o f Case H.

POWER SUMMARY (Gross Power at Generator Terminals, kWe)
Steam Turbine Power 647,695

Total (Steam Turbine) Power, kWe 647,695
Auxiliary Load Summary, kWe
Boiler Fuel Delivery 4,221
Ash handling 694
Primary Air Fans 1,783
Forced Draft Fans 2,000
Induced Draft Fans 9,746
Baghouse(ESP) 91
Wet FGD 11,857
C02 Island Auxiliaries 9,875
C02 Compression 43,088
Miscellaneous BOP 118
ST Auxiliaries 446
Condensate Pumps 699
Circulating Water Pumps 3,142
Cooling Tower Fans 5,262
Transformer Losses 2,031
BFP Booster Pump 652
Total Auxiliaries, kWe 42,743
Net Power, kWe 551,989
Net Plant Efficiency (FHFHV) 30.0%
Net Plant Heat Rate, (Btu/kWh) 10,383

Condenser Cooling duty, (106 Btu/hr) 3,544

Consumables
As-Received Coal Feed, (lb/hr) 538,439
Limestone Sorbent Feed, (lb/hr) 45,180
Thermal Input (kWt) 1,840,906
RawWaterConsumption (gpm) 6,740

The net p o w e rfo r Case H is calculated to  be ~552MW.
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The cost summary fo r th e  p ow erp lan t model w ith  C 02 capture (Case H) is shown inTable 18. 

The to ta l cost o f the pow er block increased by ~$333MM ove rth e  case w ith o u t C 02 capture.

Table 18. Equipment cost summary from  pow er plant mode ling o f Case H.

$ $/kW

Specialized Equipment $ 609,811,487 $ 1,105
Boiler $ 234,107,909 $ 424

Furnace $ 101,283,882 $ 183

Convective Elements $ 65,610,249 $ 119

Additional Waterwall $ 7,507,987 $ 14
Soot Blowers $ 6,098,788 $ 11

Desuperheaters and Controls $ 10,253,053 $ 19

Air and Flue Gas Ducts $ 7,467,654 $ 14
Coal Pulverizers and Feeders $ 24,580,927 $ 45

FD Fan, PA Fan, ID Fan $ 3,878,047 $ 7.0

Structural Steel, Ladders, Walkways $ 3,064,060 $ 5.6

Rotary Air Heaters $ 4,363,261 $ 7.9

SteamTurbine $ 89,908,464 $ 163

Feedwater Heaters $ 11,359,687 $ 21
Feedwater Heater 1 $ 542,457 $ 1.0

Feedwater Heater 2 $ 527,972 $ 1.0

Feedwater Heater3 $ 527,728 $ 1.0
Feedwater Heater4 $ 537,078 $ 1.0

Feedwater Heater5-DA $ 895,946 $ 1.6

Feedwater Heater 6 (6A,6B) $ 2,390,574 $ 4.3

Feedwater Heater? (7A,7B) $ 2,764,842 $ 5.0
Feedwater Heater 8 (8A,8B) $ 3,173,090 $ 5.7

Water Cooled Condensers $ 3,201,005 $ 5.8
Main Condenser $ 2,467,013 $ 4.5
Feed Pump Turbine Condenser $ 733,991 $ 1.3

Particulate and Mercury Control $ 26,720,630 $ 48

Flue Gas Desulfurization $ 151,257,175 $ 274
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Nitrogen Oxide Control (SCR) $ 52,211,298 $ 95

Stack $ 10,733,066 $ 19

Continuous Emissions Monitoring System $ 627,300 $ 1.1

Distributed Control System $ 1,737,273 $ 3.1

Transmission Voltage Equipment $ 16,574,415 $ 30
Transformers $ 14,739,549 $ 27
Circuit Breakers $ 1,045,579 $ 1.9

Miscellaneous Equipment $ 789,287 $ 1.4

Generating Voltage Equipment $ 11,373,267 $ 21
Generator Buswork $ 5,935,887 $ 11

Circuit Breakers $ 4,895,854 $ 8.9

Miscellaneous Equipment $ 541,526 $ 1.0

Other Equipment $ 154,572,349 $ 280
Pumps $ 15,195,073 $ 28

Boiler Feed Pump (+ Turbine) $ 11,234,334 $ 20

Boiler Feed Booster Pump $ 173,367 $ 0.3

Condenser C.W. Pump $ 1,858,945 $ 3.4
Condensate Forwarding Pump $ 377,533 $ 0.7

Condenser Vacuum Pump $ 398,799 $ 0.7

Aux Cooling Water Pump (Closed Loop) $ 43,656 $ 0.1
Treated Water Pump $ 7,199 $ 0.01

Diesel Fire Pump $ 172,817 $ 0.3

Jockey Fire Pump $ 5,182 $ 0.01

Demin Water Pump $ 14,251 $ 0.03
Raw Water Pumps $ 34,857 $ 0.1

Aux Cooling Water Pump (Open Loop) $ 43,656 $ 0.1

Startup Boiler Feed Pump $ 830,475 $ 1.5

Tanks $ 1,052,452 $ 1.9
Hydrous Ammonia $ 168,509 $ 0.3

Demin Water $ 116,820 $ 0.2
RawWater $ 395,305 $ 0.7

Neutralized Water $ 86,820 $ 0.2

Acid Storage $ 36,341 $ 0.1
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Caustic Storage $ 36,341 $ 0.1

Dedicated Fire Protection Water Storage $ 212,316 $ 0.4

Cooling Tower $ 15,094,192 $ 27

Auxiliary Cooling Water Heat Exchanger $ 152,969 $ 0.3

SteamTurbine Crane $ 1,403,592 $ 2.5

Station Instrument Air Compressors $ 955,936 $ 1.7

General Plant Instrumentation $ 446,686 $ 0.8

Medium Voltage Equipment $ 8,499,153 $ 15
Transformers $ 1,225,828 $ 2.2

Circuit Breakers $ 501,147 $ 0.9

Switchgear $ 2,149,781 $ 3.9

Motor Control Centers $ 4,217,678 $ 7.6

Miscellaneous $ 404,719 $ 0.7

Low Voltage Equipment $ 2,328,973 $ 4.2
Transformers $ 822,781 $ 1.5

Circuit Breakers $ 670,152 $ 1.2

Motor Control Centers $ 725,143 $ 1.3

Miscellaneous $ 110,898 $ 0.2

Coal Handling Equipment $ 77,179,135 $ 140

Ash Handling Equipment $ 24,903,817 $ 45

Miscellaneous Equipment $ 7,360,371 $ 13

Civil $ 105,551,677 $ 191
Site Work $ 19,774,449 $ 36
Excavation and Backfill $ 6,839,480 $ 12

Concrete $ 77,768,896 $ 141

Roads Parking and Walkways $ 1,168,852 $ 2.1

Mechanical 332,077,085 602
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On Site Transportation and Rigging $ 11,121,067 $ 20

Equipment Erection and Assembly $ 239,556,407 $ 434

Piping $ 78,972,668 $ 143

Steel $ 2,426,944 $ 4.4

Electrical Assembly and Wiring $ 30,318,365 $ 55
Controls $ 18,598,808 $ 34

Assembly and Wiring $ 11,719,557 $ 21

Buildings and Structures $ 22,448,094 $ 41
Boiler House and Turbine Hall $ 20,400,100 $ 37
Administration Control Room, Machine Shop, 

Warehouse $ 2,021,483 $ 3.7

Guard House $ 26,510 $ 0.05

Engineering and Plant Startup $ 56,170,844 $ 102
Engineering $ 45,503,738 $ 82

Startup $ 10,667,106 $ 19

Totals
Subtotal Contractor's Internal Cost $ 1,310,949,901 $ 2,375

Contractors Soft & Misc Costs $ 253,644,708 $ 460

Subtotal Contractor's Price $ 1,564,594,609 $ 2,834
Owner's Soft and Misc Costs $ 293,990,948 $ 533

Total Owner's Cost $ 1,858,585,556 $ 3,367

Table 19 shows the calculated annual costs fo r the pow er block configured fo r C 0 2 capture. The 

fixed  operating costs and the maintenance and m aterial costs in th is case were assumed to  be 

equal to  the values in DOE case 12 o f the cost updates to  the B itum inous Baseline Study.2
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Table 19. Annual costs from power plant modeling o f Case H.

Annual Cost Annual Unit Cost

Fixed Operating Costs $

$
61,032475 $

$/kWh-net

0.01262

Maintenance Material Costs
Consumption /  day Unit Cost

$ 18,136,161 $ 0.00375

Water (/1000 gallons) 4,647 1.67 $ 2,407,817 $ 0.00050

Chemicals
MU & WT Chem.(lbs) 
Limestone (ton) 
Ammonia (19% NH3)ton

22,493
638

97

0.27
33.48

330

$
$
$

1,884,197
6,625,304
9,961,176

$
$
$

0.00039
0.00137
0.00206

Subtotal Chemicals $ 18,470,677 $ 0.00382

Other
SCR Catalyst (m3) 0.41 5775.94 $ 730,381 $ 0.00015

Subtotal Other $ 730,381 $ 0.00015

Waste Disposal 
Total Ash (ton) 627 25.11 $ 4,882,568 $ 0.00101

Subtotal Waste
Disposal $ 4,882,568 $ 0.00101

Total Variable Operating 
Costs $ 26,491,442 $ 0.00548

Fuel (ton) 6461 68.60 $ 137,516,215 $ 0.02844
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Table 20 deta ils the energy flow s in and out o f the control vo lum e o f the fu ll pow er plant model 

w ith  CO2 capture.

Table 20. Energy balance from  pow er p lant m odeling o f Case H.

HHV
Sensible + 

Latent Heat Power Total

Heat In (MMBtu/hr)
Coal 6296 6296

Ambient Air 69.9 69.9
FGD Water 29.0 29.0

FGD Oxidation Air 6.6 6.6

Totals 6296 105 6401
Heat Out (MMBtu/hr)

Bottom Ash 5.8 5.8

Fly Ash + FGD Ash 2.3 2.3

Flue Gas 590 590
HPC02 139 139

Unburned Carbon 17.4 17.4
Boiler Losses 55.3 55.3

Fuel Delivery Losses 2.9 2.9

Main Condenser 3124 3124

BFPT Condenser 410 410

Steam Piping Losses 14.3 14.3
ST/Generator Mech/Elec/Gear Losses 25.0 25.0

BFPT Mech Losses 0.9 0.9

Pumps Mech/Elec Losses 3.0 3.0

Fans Mech/Elec Losses 5.0 5.0

FGD Energy Losses 42.0 42.0
Misc Losses and Auxiliaries 80.7 80.7

Net Power 1884 1884

Totals 0 4517 1884 6401
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Table 21 shows the air emissions for Case H.

Table 21. A ir emissions fo r Case H (based on net power).

Ib/MMBtu

so2 ~o
NOx 0.3

Particulates ~o

Hg ~o

C02 72.3

The carbon balance fo r Case H is shown inTable 22.

Table 22. Carbon balance fo r Case H.

Carbon In, (lb/hr) Carbon Out (lb/hr)

Coal 343,255 Stack Gas 37,153

Air (C02) 667 FGD Product 2,216
FGD Reagent 5,436 C02 Product 309,989

Total 349,358 Total 349,358

The su lfurba lance fo r Case H is shown in Table 23.

Table 23. Sulfurbalance fo r Case H.

Sulfur In, (lb/hr) Sulfur Out (lb/hr)

Coal 13,515 FGD Product 13,481
Stack Gas 0

Waste Solvent 34

Total 13,515 Total 13,515

Table 24 sum m arizesthe pieces o f equ ipm ent which contribu te  to  the to ta l w a te r consum ption 

in the pow er p lant model w ith  C 02 capture.
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Table 21. Water consum ptionfor power plant modeling o f Case H.

Water Use Water Consumption (gpm)

FGD Makeup 754

Cooling Tower 5,702

Total 6,456

Economic Analysis

CAP EX estim ations fo r the carbon-capture island were com pleted fo r ME A and the 

a mi nosilicone-based cases in o rd e rto  calculate the f irs t year COE, f irs t year removal cost o f 

C02, and f irs t year avoided cost o f C 02. The annual costs were estim ated as fo llow s:

Annual cost includes the fo llo w in g  items:

o Powerlsland -  CAP EX, OP EX, and fue l -The estim ated values were compared against

DOE estim ated values fo r Case 11 o f the cost updates fo r the B itum inous Baseline 

Study.2 Further estim ates were conducted fo r a pow er island tha t w ould be required fo r 

550 MW net p o w e rw ith  carbon capture using a mi nosilicone-based solvent, 

o Capital recovery and o the r fixed  charges-The recovery charges are d e p e nd e n to n th e

Capital Charge Factor (CCF).The CCF used in th is  study was chosen based on NETL's cost 

estim ation  m ethodology usingthe case fo r  High risk IOU fo r  five  years.6 

o Cost o f cooling w ater- The cost o f cooling w a te r from  the B itum inous Baseline Study

was used fo r the non-scaled cases.2 For the sealed-up cases, the increased cooling 

w a te r demand increased co o ling to w e r CAPEX and OP EX. 

o C02 transport, storage and m on ito ring -$10 /tonne  as provided by DOE in the

cooperative agreement, 

o Solvent cost- Solvent cost o f $20/1 b was used in th iss tudy. This so lvent cost is based o ff

o f the estim ates made fo r so lvent cost in the previous DOE award (DE-FE0007502). 

Further, a sens itiv ity  ana lysis was conducted w ith  respect to  so lvent cost, which is 

provided in the subsequent section, 

o Fixed O&M costs- Estimated usinga plant on stream facto r o f 310.25 days and a charge

o f $875/day.

o Maintenance and m aterial cost- Estimated using 1.6% o f the m aterial cost.

The d e ta ilso f the calculations are provided below

Pow erlsland -  CAPEX, OP EX, and Fuel -  th is  cost is the  same fo r all non-scaled cases. It can also 

be calculated using the expression below :
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Power is la n d  cost  =  COE • pow er genera ted

COE, which is used in th is expression, is equal to  80.95 m ils/kW h, from  Case 11 COE w /o  

TS&M.2

Forthe  scaled-upcases, the cost was estim ated using Therm oflow  calculations.

Capital Recoveryand o the r Fixed Charges

The capital recovery was calculated based on the fo llo w in g fo rm u la :

C ap ita l recovery  =  C ap ita l charge fa c to r  *  in s ta lle d  CAPEX

The capital charge facto r (CCF) value isselected based on several factors:

o Type o f pow erp lan t financial structure (IOU vs. IPP) 

o High risk o r low  risk finance structure 

o Capital expenditu re  period: three years vs. five  years.

Table 25 reports capital charge factors fo r a va rie ty  o f finance structures.6

Table 22: Capital charge factors fo rva rious  finance structures.

Finance Structure High Risk IOU Low Risk IOU
Capital Expenditure Period Three Years Five Years Three Years Five Years
Capital Charge Factor (CCF) 0.111 0.124 0.105 0.116

Finance Structure High Risk IPP Low Risk IPP
Capital Expenditure Period Three Years Five Years Three Years Five Years
Capital Charge Factor (CCF) 0.177 0.214 0.149 0.176

The value selected fo r the post-com bustion C 02-capture process is 12.4%, which corresponds to  

a high risk IOU structure w ith  a five  year capital expenditu re  period.

First yearCOE was calculated based on the fo llo w in g fo rm u la :

to ta l annual costs
C O E  = ---------------------------------------------------------------—

power generated

First year removal cost fo r  C 02 was calculated using the expression below :

C O E w i t h  c a p tu re  C O E w n h 0 u t  c a p tu re  

lb o f C O 2 separted  *  power generated
Removal cost — )

ton )
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Total Cost o f Cooling W ater

The to ta l cost o f cooling w a te r was dete rm ined  based on the am ount o f cooling w a te r required 

as predicted by the ASPEN Plus model fo r th e  carbon-capture process and the cost o f cooling 

water.

CO? Transport. Storage, and M onitoring

This cost was calculated based on the am ount o f C 02 separated and the cost o f transportation, 

storage, and M on ito ring  (TS&M).

Maintenance M aterial Costs

The maintenance m aterial costs were calculated from  the form ula  below :

Maintenance material costs
=  Equipment and material costs * Maintenance and material cost %

The firs t year removal cost o f C 02 was estim ated fo r a supercritical p ow erp lan t w ith  carbon 

capture using MEA as a so lvent.The resultsare shown in Figure 15 as compared to  Case 12 in 

the B itim unous Baseline Study Cost Update.2 The valuesare in good agreem ent w ith  each 

other.

55



$60

oI
$55

8 $50
<e
o
E
£  $45
TOO>

£ $40

$35

$57,18

DOE MEA MEA

Figure 7. Comparison o f f irs t year removal cost o f C 02 using MEA vs. DOE estim ated v a lu e /

The removal cost was estim ated fo r  a supercritical p ow erp lan t using the ami nosilicone-based 

m aterial as a so lve n tfo r carbon capture. As m entioned e a r lie r fo r th e  firs t fe w  cases (Case A-G) 

the p ow erp lan t island was taken as the same size as Case 11 in the B itum inous Baseline Study.1 

This was done to  de te rm ine  the e ffec t o f d iffe re n t parameters o f the carbon-capture island on 

process economics w ith o u t changing the size and o th e r variables o f the pow er island. Once a 

best case was found fo r the co nd itio n so f the carbon-capture island, then the scale was 

adjusted to  get to  a 550 MW net p o w e rw ith  carbon capture (shown as Case H-J).

Capital cost e s tim a tio n s fo rth e  am inosilicone cases were done using Aspen Cost Estimator w ith  

a cost basis o f Q l, 2010. The costs were then adjusted using the CEPCI index to  get a fina l cost 

basis o f 2011. The to ta l CAPEX fo r the DOE Case 12 as compared to  Case H and Case J are 

shown in Figure 16. As seen in the figure, Case H is <75% and Case J is <77% o f the CAPEX o f a 

system using MEA solvent. The h igher CAP EX fo r Case J as compared to  Case H is due to  the 

increased CAPEX due to  heat in tegration.
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100%

Figure 8. Total CAPEX comparison o f tw o  scaled-up cases using am inosilicone solvents vs. DOE 
Case 12 using MEA.

First year COE was calculated (w ith  and w ith o u t TS&M) as shown in Figure 17 and Figure 18. 

Case J COE w /o  TS&M is 11.85 as compared to  13.73 cents/kW h fo r the MEA based system. 

When TS&M is included in the analysis, then Case J COE is 12.77 vs. 14.73 cents/kW h fo r the 
MEA based system.
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Figure 9. Cost o f e lec tric ity  w ith o u t TS&M fo r variouscases as compared to  DOE Case 12.
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Figure 18. Cost o f e lec tr ic ity  w ithTS&M  fo rva rious  cases as compared to  DOE Case 12.
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The firs t year removal cost o f C 02 fo r Case J is $46.04/ton o f C 02 as compared to  $60.25/ton o f 

C02 when MEA is used. This shows a s ign ificant reduction in removal cost when am inosilicone 

so lvent is used fo r carbon capture.

$60

MEA Case A Case B Case C Case D Case E Case F Case G Case H Case I Case J

Figure 19. First year removal cost o f C 02 in $ /ton  fo rva rious  cases as compared to  DOE Case 12.

Sensitivity Analysis

In o rd e rto  understand the e ffec t o f the main parameters on the cost o f C 02 removal and 

e ffic iency o f the pow er plant, the sensitiv ity  analysis was conducted w ith  respect to  the 

fo llo w in g  parameters:

•  Heat rate o f the desorber

•  Auxilia ry  load o f the pumps and compressors fo r  C02 capture island

•  Required am ount o f cooling w a te r

•  Installed CAPEX o f C 02-capture island

•  Powerlsland capital cost

•  Solvent cost

•  Su lfu ram ount in incom ing flu e  gas

The resu ltso f the sens itiv ity  analysis a re presented below.
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Plant efficiency HHV sensitivity analysis
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Figure 20. S ensitiv ity a na lysis o f e ffec t o f d iffe re n t variables on plant e ffic iency fo r Case H.
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Figure 21. S ens itiv ityana lys iso f e ffec t o f d iffe re n tva riab le so n  removal cost o fC 0 2 forCase H.
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It can be seen from  these plots, tha t Installed CAPEX o f the C02-capture island and desorber 

heat rate have the most s ignificant impact on C 02 removal cost. Cooling w a te r amount, 

auxilia ry power, and so lvent cost have a lessereffect.

As m entioned earlier, the rich-lean heatexchanger represents~25% o f the to ta l equ ipm ent 

cost fo r  the C02-capture process. Decreasing the cost o f th is u n it  can sign ificantly  decrease the 

cost o f C02 removal using an ami nosilicone-based carbon-capture process. Figure 22 show sthe 

f irs t year removal costs fo r Case J, which has a stainless steel rich-lean heatexchanger. Stainless 

steel was used because, in corrosion tests conducted u nd e rthe  previous DOE award (DE- 

FE0007502), s ignificant corrosion o f carbon steel was observed in the h igh-tem perature  

desorber at the bench scale, whereas no significant corrosion was observed w ith  stainless s te e l. 

However, there are a num ber o f corrosion in h ib ito rs th a t may be used to  decrease the 

corrosion o f carbon steel in the h o tte r portions o f the carbon-capture system. If these inh ib itors 

decrease corrosion enough, carbon steel could be used in the rich-lean heatexchanger. To 

show the impact on C 02 removal cost, Figure 22 also shows results fo r Case J, but w ith  the 

stainless steel rich-lean heat exchanger re placed by a carbon steel exchanger. Replacingthe 

stainless steel exchanger w ith  a carbon steel model decreases the firs t year removal cost from  

$46.04/ton to  $44.12/ton.
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Figure 22. A comparison o f the impact o f m aterials o f construction o f the rich-lean heat 

exchangeron C02 removal costs. Case J ( le ft  bar) has a stainless steel rich-lean heatexchanger. 

Case J Rich/Lean Heat Exch CS has a carbon steel exchanger.
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Aminosilicone Process Advantage over MEA

It has been shown tha t the am inosilicone process is a more cost-e ffective  technology fo r 

capturing C02 from  the flue  gas o f coal pow er plants, w ith  removal cost o f $46.80/ton fo r Case 

H compared to  $60/ton fo r MEA technology. A fte r therm al op tim iza tion  w ith  the pow er plant, 

the removal cost is fu rth e r reduced to  $46.04/ton. Figure 23 summarizes the advantages o f the 

am inosilicone process over MEA.
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Figure 23. Summary o f m ajor b e n e fitso f GAP-lm/TEG C02-capture system vs. MEA.

The lowerCAPEX o f the C02-capture process using ami nosilicone-based so lvent contri butes to  

~$4.7/ton decrease in C 02 removal cost. There are several factors which reduce the CAPEX:

1) Ami nosilicone-based solvent o ffe rs larger w orking capacity than MEA by a facto r o f 1.3- 

1.7, which reducesthe overall mass f lo w  rate o f so lvent in the system by 20%. Such 

reduction in f lo w  rate reduces the size o f the overall system, and the re fo re  the CAPEX.

2) Am inosilicone-based solvent has h ighertherm al s tab ility  than MEA, w h ich a llo w s the  

desorption o f C 02 to  be conducted at h ighertem pera tu re  and pressures. The C02 

stream leaving the  desorberis  at 63 psia vs. 26 psia fo r  MEA, and the re fo re  the size o f 

the firs t stage o f compression can be reduced, and capital cost decreased.

62



3) The low  vapor pressure o f the ami nosilicone-based so lvent a llow sthe  desorption o f C02 

to  be conducted in a CSTR versus packed tow er, and it  fu r th e r reducesthe cost o f the 

desorption system.

Lower desorber du ty  fo r the a mi nosilicone-based process contribu tes to  ~$4.5/ton 

reduction in C 02 removal cost. There are tw o  main factors which contribu te  to  decreased 

to ta l desorberduty:

1) Ami nosilicone-based solvent has low e rh ea t capacity compared to  MEA, which reduces 

sensible hea tdu ty  fo r th e  desorber.

2) As it was m entioned above, larger w orking capacity reducesthe overall mass f lo w  rate 

o f the s o lve n tin th e  system ,and helps to  reduce overall heat du ty on the desorber.

Lower compression pow er contribu tes to  ~$0.5/ton reduction in C 02 removal cost. Due to  

the h igher therm al s tab ility  o f the a mi nosilicone-based solvent, the desorption process can 

be conducted at h igher tem pe ratu res and pressure. Therefore, the C02 stream leaving the 

desorberis  at ~2.4 h igher pressure compared to  MEA, and compression load is s ign ificantly 

reduced.

Lower so lvent loss in the ami nosilicone-based process decreases C 02 removal cost by 

~$3.5/ton. This loss is reduced by m od ify ing the  operation o f the FGD to  reduce the am ount 

o f su lfu r oxide in the flue  gas to  5 ppm. Also, because the ami nosilicone-based so lvent is 

much more the rm a lly  stable than MEA, the lossdue to  therm al degradation is m in im al.

Conclusions:

System and economic analysis fo r a carbon capture un it which uses an ami nosilicone-based 

s o lve n tfo r C 02 capture and sequestration (CCS) in a pulverized coal (PC) b o ile r dem onstrates 

tha t the am ino-silicone so lvent has sign ificant advantages re lative to  an MEA-based system.

The am inosilicone so lvent isa 60/40 w t /w t  m ixture o f 3-am inopropyl end-capped 

polydim ethylsiloxane (G AP-lm ) w ith  tri-e thy lene  glycol (TEG) as a co-solvent. For comparison 

purposes, the report also shows results fo r a carbon-capture un it based on a conventional 

approach using m ono-ethanol amine (MEA).

The firs t year removal cost o f C 02 fo r th e  a mi nosilicone-based carbon-capture process is 

$46.04/ton o f C 02 as compared to  $60.25/ton o f C 02 when MEA is used. The am inosilicone- 

based process has <77% o f the CAPEX o f a system using MEA so lvent. The low er CAPEX is due to  

several factors, inc lud ing the  h igher working  capacity o f the am inosilicone-based solvent 

compared the MEA, which reducesthe so lve n tflo w  rate required, reducing equ ipm ent sizes. If 

it  is de term ined tha t carbon steel can be used in th e  rich-lean heat exchangerin the carbon
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capture unit, the f irs t year removal cost o f C 02 decreasesto $44.12/ton. The am inosilicone- 

based so lvent has a h ighe rtherm a l s tab ility th a n  MEA, a llow ingdeso rp tion  to  be conducted at 

h ighertem pera tu resand pressures, decreasingthe num be ro f compressor stages needed.The 

am inosilicone-based so lventa lso  hasa low ervapo r pressure, a llo w in g th e  deso rp tio n to  be 

conducted in the continuous-stirred  tank reactor versus a more expensive packed column. The 

am inosilicone-based so lvent hasa low e rh ea t capacity, which decreasesthe heat load on the 

desorber. In summary, the am ino-silicone solvent hassignificantadvantages overconventiona l 

systems using MEA.
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